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The major part of the production costs of pharmaceuticals can be imputed to the downstream processing, where mem-
brane technologies have to deal with some challenges as separations involving solutes with similar sizes or solvent
recovery and recycling. This work contributes to the progress in the design of continuous organic solvent nanofiltration
systems for this purpose and includes the configuration of dual membrane cascades, sensitivity analysis of the operation
variables, and economic optimization as innovations. Analyzed configurations include multistage cascades up to three
stages, and dual membrane cascades up to five stages. The total costs (TC) were chosen as the formulated objective
function to minimize in the economic optimization strategy. The treatment of the residual stream leaving the system
resulted the main cost of the process (more than 85% for dual cascades), but the solvent recovery units can significantly
reduce the TC (64–77% depending on the required solvent quality). VC 2014 American Institute of Chemical Engineers
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Introduction

Downstream processing is a critical part of the biotechno-
logical and pharmaceutical production processes. For nearly
all the products manufactured by these two industrial sectors,
one starts with a dilute suspension and tries to produce a
highly purified dry product. Most of the downstream proc-
esses include these four main steps: removal of insoluble
particles, isolation of the product, purification, and polish-
ing.1 The major part of the production costs of pharmaceuti-
cals can be imputed to the downstream processing: the low
effectiveness of the downstreaming steps of a bioprocess
causes that it should be considered as the most expensive
part of the whole process, as the recovery costs normally
exceed the costs of the rest of the bioprocess.2 The adequate
solute separation, concentration, and sometimes fractionation
is, therefore, crucial to secure a pure final product while
avoiding excessive costs.

Several techniques are available for the treatment of the
solutes, including distillation, crystallization, chromatography,
adsorption–desorption, ion exchange, extraction, molecular
imprinting, and membranes.3,4 Most membrane technologies
have found room in downstream processing: microfiltration,5

ultrafiltration,6 nanofiltration,7 and reverse osmosis.8 Focusing
on nanofiltration, this technique can separate solutes based on

their molecular weights and sizes. Organic solvent resistant
membranes have been developed for the last years and they
are nowadays applied to multiple tasks in the downstreaming
framework.9–14

Some of these nanofiltration examples use diafiltration.
However, diafiltration has many limitations, as it can be
found in bibliography.15 Among them, the difficulties to
operate in continuous mode (it is more oriented to batch-
wise processes) have to be remarked. Continuous processing
has been identified as one of the most important key research
areas for making advances in green engineering in the phar-
maceuticals and fine chemicals productive fields. Therefore,
it should be prioritized.16 Continuous processing is seen as a
very adequate option to improve the sustainability of the cor-
responding operations, but it is not yet generally applied
wherever advantageous.17 When applied to pharmaceutical
manufacturing, the justification of continuous processing
includes many advantages in several aspects such as econ-
omy, product quality, environmental impact, and safety.

The solute separation processes by nanofiltration can
achieve high product purity and process yield when the sol-
utes to be separated show appreciable differences in their
molecular sizes. The more challenging separations involving
solutes with closer sizes cannot be carried out by single-
stage processes, so additional stages become necessary.
Membrane cascades have demonstrated their potential as a
satisfactory configuration that includes several stages to
overcome the constraints of limited separation processes.
The design of membrane cascades has been deeply
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studied,18–20 and the most important types of membranes
according to pore diameter have been used under a cascade
scheme, from microfiltration21 to reverse osmosis.22 Ultrafil-
tration and nanofiltration are the most frequently used mem-
brane technologies for biotechnological and pharmaceutical
purposes. Ultrafiltration is widely used for the separation and
fractionation of proteins and other biological molecules23–32 and
nanofiltration cascades have been implemented for pesticide
removal,33 solvent exchange,34 solvent recovery,35 and separa-
tion and fractionation of pharmaceutical solutes.3,15,36

Despite the number of references in which the use of
membrane cascade is described, the analysis of the perform-
ance of such a system in continuous mode as a function of
operational variables and cascade design is missing. Without
these data, the design of optimal cascades is impossible.
While significant progress has been achieved in the last years
in the design of downstream processing, there is work to be
done to apply the full potential of the tools provided by pro-
cess systems engineering.37,38 Although the pharmaceutical
industry has been traditionally reluctant to introduce innova-
tive methods in its production processes, some recent experi-
ences show the benefits of taking into consideration these
useful tools.39,40 Some efforts have been specifically pointed
to the downstream process development,41,42 and the optimi-
zation of membrane processes has been investigated in this
field.43,44

This article contributes to the progress in the design of
continuous downstream processing systems that take advant-
age of the employment of membrane cascades. The perform-
ance of cascades when applied to pharmaceutical separations
has been scarcely investigated. Hence, tools provided by pro-
cess systems engineering were applied in a novel approach
to carry out a complete analysis of this type of processes.
The work includes a sensitivity analysis of the main opera-
tion variables and an economic evaluation, prior to the opti-
mization of the system configuration and the determination
of the optimal values for the corresponding process variables
to minimize the costs of the process.

As a case study, the separation of an intermediate precur-
sor of an anesthetic compound from an impurity was
selected. Fentanyl is extensively used for anesthesia and
analgesia in operating rooms and intensive care units as it is
a synthetic opioid 50–100 times more potent than mor-
phine.45 Fentanyl is characterized by a rapid onset of analge-
sia and a relatively short duration of action, but the
emphasis in anesthetic and surgical practice focusing on
shorter and outpatient surgical procedures requires the use of
ultrashort acting opioids.46 Alfentanil is a fentanyl-analogous
substance with around a quarter the potency of fentanyl and
around a third of the duration of action, but with an onset of
effects four times faster than fentanyl.47 The 1-(2-bro-
moethyl)-4-ethyl-1,4-dihydro-5H-tetrazol-5-one (Compound
A) is needed as intermediate in the preparation of alfentanil
but during the synthesis process it has to be separated from
an impurity, ethylene bromide (Compound I), in a very chal-
lenging separation due to the similar size of both solutes
(MWA 5 221 g/mol and MWI 5 188 g/mol).

Continuous Process Modeling

Multiple configurations of organic solvent nanofiltration
membrane cascades can be considered, and the final estab-
lishment of each design would depend on the specific separa-
tion targets. Detailed analysis of the main types of cascades

can be found in bibliography.15,36 In this article, the dual
membrane cascade was selected to perform the proposed
separation process. Figure 1 shows a general scheme of a
dual membrane cascade comprising multistage retentate sec-
tion (retentate streams integrated in series to purify the least
permeable solute) and multipass permeate section (permeate
streams integrated in series to purify the most permeable sol-
ute), which could be considered, respectively, equivalent to
the stripping and purifying sections defined by other authors
when the solute fractionation cascades are described.3 This
way, the dual cascade appears as a more effective system for
solute separation and fractionation than conventional cas-
cades fed on one end. The use of the “stripping” and
“purifying” terms makes reference to the classical denomina-
tion of the sections of a distillation column, while
“multistage” and “multipass” expressions are much more
usual in the membrane separation field.

A stage is defined as a membrane unit fed with retentate
from a previous membrane unit when talking about mem-
brane networks. The use of multistage systems is quite com-
mon in seawater desalination plants as it is useful to obtain
more fresh water from retentate streams.48 This configuration
appears to be very desirable for the case of brackish water
desalination, as the concentrate from a first stage would
maintain a sufficiently low salinity and could be easily
desalinated in a second-stage unit.49

A pass is defined as a membrane unit fed with permeate
from a previous membrane unit. Multipass arrangement is an
effective way of achieving exigent permeate quality require-
ments when poor retention is such that the membrane is
unavailable to reach the desired rejection in a single stage.
This configuration offers an appropriate solution to the poor
rejection of the boron found in seawater, so some desalina-
tion plants are configured in this way.50,51 It can also be
applied to some industrial sectors that require specific high-
quality permeates as in the case of ultrapure chemicals.52

As it can be seen in Figure 1, the feed stream F enters the
system through the Stage 0. The separation process per-
formed by the membrane produces two output streams: the
retentate stream R0, which would feed the initial stage of the
multistage retentate section of the cascade (Stage 1Rs) and
the permeate stream P0, which would feed the initial stage
of the multipass permeate section of the cascade (Stage 1Ps).
The main objectives of the retentate section are to purify the
most retained solute and to avoid the loss of the most perme-
able solute. On the contrary, the permeate section performs
an increase in the purity of the most permeable solute, while
reduces the amount of the most retained solute that can leave
the system by this way. The recirculation of the permeate
streams in the retentate section and the retentate streams of
the permeate section to the corresponding previous stages

Figure 1. General scheme of a dual membrane cascade.
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configures a countercurrent cascade that improves the effi-
ciency of the system. In this case, there is a unique stream
entering the cascade (feed stream F) as it was decided to
avoid the use of any auxiliary pure solvent stream that can be
added to the cascade according to different criteria (improve-
ment of the separation performance, control of solute precipi-
tation, or minimization of solubility problems).

A complete simulation model based on equations for
solvent and solute transport through membranes and mass
balances (overall and by components) was formulated to rep-
resent the dual membrane system (membrane modules and
mixers). The economic evaluation was performed by a sim-
ple economic model proposed to estimate the main costs of
the process.

Membrane transport

Several alternatives are proposed to obtain transport equa-
tions for the nanofiltration membranes: the solution-diffusion
model,53 the solution-diffusion with imperfections,54 the
Kedem–Katchalsky model,55 or the Spiegler–Kedem
model.56 According to the previous experience of this
research group taken after testing different models to repre-
sent the performance of low-pressure reverse osmosis mem-
branes,57 the Kedem–Katchalsky model can be considered as
an attractive option to simulate the transport through nanofil-
tration membranes. Specific organic solvent nanofiltration
models will be tested in further work.58–60

The Kedem–Katchalsky model,61 simplified by considera-
tion of negligible osmotic pressure contributions by diluted
solutions, defines the characteristic variables of the nanofil-
tration membrane behavior, the specific permeate flux (JV),
and the retention coefficient of each solute (Rsol) as functions
of the applied pressure

JV5LPDP (1)

Rsol 5rsol JV

JV1xsol
(2)

where DP is the applied pressure and LP, rsol, and xsol are
the Kedem–Katchalsky parameters: hydraulic permeability
coefficient, solute reflection coefficients, and modified solute
permeability coefficients, respectively.

Mass balances

Once the membrane transport was defined, the characteris-
tics of the permeate streams (flow P and solute concentra-
tions cPsol) could be calculated as function of the membrane
area of the corresponding stage

P5A�JV (3)

cPsol 5cFsol ð12Rsol Þ (4)

The overall and component (solute) mass balances applied
to each stage were composed for both membrane modules
and mixers:

Feed stage module

F05P01R0 (5)

F0�cF0sol 5P0�cP0sol 1R0 � cR0sol (6)

Retentate side modules

FðiÞRs 5PðiÞRs 1RðiÞRs (7)

FðiÞRs �cFðiÞsol
Rs 5PðiÞRs �cPðiÞsol

Rs 1RðiÞRs �cRðiÞsol
Rs (8)

Permeate side modules

FðiÞPs 5PðiÞPs 1RðiÞPs (9)

FðiÞPs �cFðiÞsol
Ps 5PðiÞPs �cPðiÞsol

Ps 1RðiÞPs cRðiÞsol
Ps (10)

Feed stage mixer

F1Pð1ÞRs 1Rð1ÞPs 5F0 (11)

F � cFsol 1Pð1ÞRs �cPð1Þsol
Rs 1Rð1ÞPs �cRð1Þsol

Ps 5F0�cF0sol (12)

Retentate side mixers

Rði21ÞRs 1Pði11ÞRs 5FðiÞRs (13)

Rði21ÞRs �cRði21Þsol
Rs 1Pði11ÞRs �cPði11Þsol

Rs 5FðiÞRs �cFðiÞsol
Rs

(14)

Permeate side mixers

Pði21ÞPs 1Rði11ÞPs 5FðiÞPs (15)

Pði21ÞPs �cPði21Þsol
Ps 1Rði11ÞPs �cRði11Þsol

Ps 5FðiÞPs �cFðiÞsol
Ps

(16)

Last mixer of the retentate side

Rðn21ÞRs 5FðnÞRs (17)

Rðn21ÞRs �cRðn21Þsol
Rs 5FðnÞRs �cFðnÞsol

Rs (18)

Last mixer of the permeate side stage

Pðn21ÞPs 5FðnÞPs (19)

Pðn21ÞPs �cPðn21Þsol
Ps 5FðnÞPs �cFðnÞsol

Ps (20)

The recovery ratio of each stage (Rec(i)) can be defined as

Rec ið Þ5 PðiÞ
FðiÞ (21)

The performance of the membrane continuous installations
were evaluated by the analysis of some process parameters
such as product purity, process yield, and the concentration
factor (CF) of the product when compared to the raw feed.
In the case of a solute of interest A, and an impurity I, these
process parameters are defined as

Purity5100
cRðnÞARs

cRðnÞARs 1cRðnÞIRs

(22)

Yield5100
RðnÞRs �cRðnÞARs

F � cFA
(23)

CF 5
cRðnÞARs

cFA
(24)

Estimation of costs

Some basic economic considerations were taken into
account to formulate an economic model based on the costs
of the process. The total costs (TC) of the system were cal-
culated by the addition of the capital costs (CC) and the
operation costs (OC). The CC attributable to membranes or
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to the rest of the installation were differentiated, whereas the
OC were itemized into energy, labor, maintenance, chemical
losses, and waste treatment costs

TC 5CC 1OC (25)

CC 5CC memb 1CC inst (26)

OC 5OC en 1OC lab 1OC m1OC loss 1OC waste (27)

The CC of the membranes modules considering straight-
line depreciation were expressed as function of the total
membrane area of the installation

CC memb 5

X
AðiÞ

LT memb

Ymemb (28)

Once the membranes costs were defined, the CC corre-
sponding to the rest of the installation were related to them
by mean of a coefficient (Kmemb) that expressed the contribu-
tion of the investment in membranes to the total CC. Biblio-
graphic references62,63 estimate the percentage of the total
investment attributable to the membranes in the range 12–
30% for reverse osmosis processes. However, in the case of
organic solvent nanofiltration, this contribution is usually
lower and a value of 2.5% that can be found in bibliography
was assumed.36

CC inst 5CC memb

ð12Kmemb Þ
Kmemb

LT memb

LT inst

(29)

The OC are essentially based on the consumption of the
corresponding resource, except for the case of maintenance
costs, which were expressed as a function of the CC (in this
formulation, the maintenance costs are calculated as 5% of
the total CC)

OC m50:05�CC (30)

The energy costs were attributable to the pressurization of
the feed streams which enter the membrane modules. The
energy source used was electricity, and the yield of the
pumps is a factor that affects the total consumption

OC en 5

X
FðiÞ�DPðiÞ
36�g Yelec (31)

The installation was designed to be totally operated by a
single worker, who can manage the complete system without
stress

OC lab 524 � Ysal (32)

As the total recovery of the desired Compound A is not
attainable, part of it leaves the system into the waste
stream, so this loss of chemical has to be accounted for in
the OC. Anyway, as the lost chemical is impure and quite
diluted, it has to be valued lower than the price of the pure
chemical

OC loss 5PðnÞPs �cPðnÞAPs �Yloss (33)

The stream leaving the system as permeate stream of the
last module in the permeate section of the cascade should be
considered as a waste stream that is enriched in the impurity
compound when compared with the initial feed stream. This
waste stream needs to be treated and the corresponding treat-
ment costs were formulated

OC waste 5PðnÞPs �Ywaste (34)

Results and Discussion

Membrane performance and transport modeling

The experimental results for the separation of the interme-
diate precursor Compound A from the impurity Compound I
with methanol as solvent when using the Duramem 200
membrane can be found in bibliography.36 These results
were adjusted to the Kedem–Katchalsky model and the
obtained parameters are shown in Table 1. The dependence
of the applied pressure over the permeate flux and the solute
rejection coefficients can be observed in Figure 2.

It is obvious that the Compound I is poorly rejected by
the membrane as the maximum achieved rejection coefficient
is lower than 0.2, whereas values close to 0.6 can be found
for the Compound A. Besides, the increase in the rejection
coefficient with the applied pressure is more pronounced for
the Compound A, so the difference in the rejection of the
solutes would increase with this operation variable (better
separation should be expected at high pressure).

The Kedem–Katchalsky can be useful to have a first
approach to the understanding of the transport phenomena
through the membrane. The solute flux from the feed side to
the permeate side of a membrane can be expressed in terms
of the Kedem–Katchalsky model as follows

Jsol 5xsol Dcsol 1JVð12rsol Þcsol
ln (35)

This way, the flux of each solute across the membrane is
the sum of diffusive and convective contributions: a concen-
tration difference on both sides of the membrane causes dif-
fusive transport, and solute transport by convection takes
place because of an applied pressure gradient across the
membrane.56 The values of both contributions were calcu-
lated from the obtained model parameters to establish the
relative importance of both transport mechanisms and it is
shown in Table 2 as the percentage of solute flux due to dif-
fusion for each compound.

Table 1. Kedem–Katchalsky Model Parameters for the Case

of Study

Compound A Compound I

r 0.688 0.172
x (m/d) 1.38 3 1021 4.65 3 1021

x (m/s) 1.60 3 1026 5.38 3 1026

LP (m/d bar) 4.69 3 1022

LP (m/s bar) 5.43 3 1027

Figure 2. Permeate flux and rejections coefficients
according to the Kedem–Katchalsky model.
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At low pressures, both contributions are very similar for
the transport of the Compound A, and the diffusive term is
only a bit higher than the convective one. However, on
applying high pressures, the second term (convective)
increases to be dominant. The convective contribution is the
main one for the Compound I for the entire pressure range.

Characterization and analysis of the performance of the
single-stage continuous process

The characterization of the nanofiltration system in a
single-stage process is an essential step for the design of a
membrane cascade. To evaluate the performance of the sys-
tem, four process parameters (product purity, product yield,
CF, and total membrane area) were analyzed as functions of
the applied pressure and the recovery rate of the stage.
ASPEN Custom Modeler was used as simulation software
for the evaluation, and as initial values, a feed stream of
1 m3/h was selected, with concentrations of 25 and 75 ppm
for the Compounds A and I, respectively, which corresponds
to a purity of 25% as defined in Eq. 22. Such diluted con-
centrations were selected to avoid problems related to solute
solubility or appearance of new liquid phases, and although
they cannot be considered as representative of the industrial-
scale process selected as case of study, the more general per-
spective of this article can justify these assumptions (the

case of study reported has the only purpose to illustrate,
without anyway limiting, the optimal use of dual cascades
for advanced separation processes). Nevertheless, these ini-
tial conditions could be more related to reprocessing of aux-
iliary solvent streams with low solute content or downstream
processing of the product streams after chemical and biologi-
cal reactions in a very diluted scenario.

The evolution of the product purity can be observed in
Figure 3. The influence of the recovery rate over the purity
is quite clear: the higher the recovery rate, the purer the
obtained product. Taking into account that the feed stream
has a purity of 25%, the system is able to double this value
when working with a recovery rate of 0.9. The maximum
value that can be reached under these conditions is 52.1%
when an applied pressure of 7.6 bar is chosen. It is obvious
that high recovery rates imply high permeate flows. As in
this case the desired product is the least permeable one, the
undesired impurity will permeate in a greater quantity when
high recovery rates are chosen, and consequently, the purity
of the retentate stream will increase.

The influence of the applied pressure is a bit more com-
plex; while the optimum value is the fixed maximum limit
(20 bar) for all the recovery rates lower than 0.8, the three
higher recovery rates have optimum pressures different from
20 bar: 14.4, 10.8, and 7.6 bar for the 0.8, 0.85, and 0.9
recovery rates, respectively (these points are represented as
diamonds in Figure 3). Further investigation was carried out
to obtain the optimal pressure profile and it is shown in Fig-
ure 4. The value of 20 bar is maintained as the optimum
pressure until recovery rate becomes higher than 0.73. After
this point, the profile follows a decreasing curve, although
very close to a straight line, to reach its minimum value (7.6
bar for 0.9 recovery rate).

A deeper look to understand this result can be taken by
the study of the relationships between the process parameter
and the operation variables. The purity of a single-stage sys-
tem can be expressed as

Purity5100
cR0A

cR0A1cR0I

5100
cFA 12Recð12RAÞ½ �

cFA 12Recð12RAÞ½ �1cFI 12Recð12RIÞ½ � (36)

To maximize the purity, the first addend in the denomina-
tor, which is the term corresponding to the least permeable
compound, should be as high as possible, whereas the sec-
ond addend, which corresponds to the most permeable

Table 2. Percentage Contribution of the Diffusive Term to

the Total Solute Fluxes

DP

Diffusive Contribution to
Total Solute Flux (%)

Compound A Compound I

5 51.7 12.4
10 41.7 9.7
15 35.0 8.0
20 30.2 6.8

Figure 3. Evolution of the product purity as function of
the applied pressure and the recovery rate
for a single-stage process (diamonds indicate
maximum values).

Figure 4. Optimal pressure profile to maximize the
purity of the product obtained by the single-
stage process.
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solute, should be maintained low. If the direct relationship
between the rejection coefficient of each solute and the
applied pressure is kept in mind, the conflicting effects that
the applied pressure produces become apparent. When the
recovery rate tends to 0, the importance of the contribution
by the rejection coefficients over the parameter is reduced,
and under these conditions high pressures are preferred. On
the other side, when the recovery rate tends to 1, the rejec-
tion coefficients gain more importance and the equilibrium
between the values of each solute has to be balanced, result-
ing lower optimal pressures.

The influence of the recovery rate over the yield of the
process has an opposite behavior (Figure 5): high recovery
rates and the consequent high permeate streams imply low
yields as an important part of the desired compound leaves
the system after permeation through the membrane. Values
higher than 95% can be obtained for a recovery rate of 0.1
but at the expense of a very poor purity. The maximum
achievable yield for the maximum recovery rate, which cor-
responds to the optimum recovery rate to maximize the
purity, is only 64% when the maximum pressure is applied.
In this case, unlike for the purity, the optimal pressure is
totally clear, as the maximum pressure assures the best
yields for every recovery rate.

High pressures are also beneficial to decrease the required
membrane area and to increase the CF for a constant recov-
ery rate as it can be observed in Figures 6 and 7, respectively.
The minimum membrane area corresponds to the lowest
recovery rate. This result could be easily predicted as the per-
meate production is proportional to the membrane area. How-
ever, the maximum CF is achieved when the highest
recovery rate is selected. This fact confirms the conflicting
effects high recovery rates produce over the membrane sys-
tem: while high purity and CF can be obtained when high
pressures are applied, the counterpoint to these positive
aspects is the poor yield of the process and the great mem-
brane area that is necessary to work under these high-
recovery conditions. On the contrary, the effects of the
applied pressures are clearer, as high pressures are favourable
in terms of process yield, membrane area, and CF (only the
consequences over the product purity are not so positive as
optimum values for this parameter require lower pressures).

Taking into account that the purity of the desired product
and the process yield can be considered the two main param-
eters of the process, a further investigation was carried out
to obtain a Pareto diagram interrelating both parameters
using general algebraic modeling system (GAMS) as optimi-
zation software.

Figure 5. Evolution of the product yield as function of
the applied pressure and the recovery rate
for a single-stage process.

Figure 6. Evolution of the total membrane area as
function of the applied pressure and the
recovery rate for a single-stage process.

Figure 7. Evolution of the CF as function of the applied
pressure and the recovery rate for a single-
stage process.
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The GAMS is a high-level modeling system for mathematical
programming and optimization. It consists of a language com-
piler and a stable of integrated high-performance solvers.64

The Pareto diagram of this problem that resulted from
maximizing the purity of the product and the yield of the
process simultaneously is depicted in Figure 8. A point in
the Pareto frontier corresponds to the maximum feasible
purity for a fixed yield and vice versa (the maximum feasible
yield for a fixed purity). This type of multiobjective optimi-
zation can be formulated to maximize various variables, and
in this case, it is solved by application of the epsilon con-
straint method. This method tackles multiobjective optimiza-
tion problems by solving a series of single objective
subproblems, where all but one objectives are transformed
into constraints.65–67

The highest point on the left side represents the maximum
product purity solution, and in an analogous way, the lowest
point on the right side shows the maximum process yield.
The left side of the frontier is characterized by a very flat
plateau. This result means that only very little increases in
the purity of the product can be obtained when the product
purity is close to its maximum despite the great decreases in
the yield of the process.

Analysis of the performance of the two-stage continuous
process

After the analysis of the performance of a single-stage
process, the cascade that incorporates two stages in the mul-
tistage continuous configuration (Figure 9) was investigated.

A sensitivity analysis was carried out to study the influence
of the recovery rates of both stages over the system perform-
ance. The effects of varying the recovery rates in the range
between 0.1 and 0.9 while keeping the applied pressures in
both stages constant at 20 bar is graphed in Figure 10. Once
again, the decision about the recovery rates should ride out
the conflicting effects those variables produce over the process
performance. The maximum achievable purity (higher than
78%) is obtained when the highest recovery rates are imposed
to both stages. But this situation also implies the lowest pro-
cess yield (only 53%). On the contrary, the maximum process
yield (96%) can be attained by the application of the lowest
recovery rates, resulting a product purity very close to the
feed conditions (no higher than 27%).

A deeper look at the graphs in the Figure 10 can give an
idea about the relative importance of the recovery rate in

each stage. The process yield is clearly dominated by the
value of this variable in the initial Stage 0: when the recov-
ery rate in the Stage 0 is 0.1, the yield ranges between 94
and 96% for whichever value in the other stage, and this
behavior is similar for the rest of the graph as indicated by
the predominance of vertically oriented color zones (Figure
10b). It is obvious that a very low recovery rate in Stage 0
implies a very low permeate stream leaving this stage (and
in this configuration also leaving the system), and conse-
quently most of the desired product is maintained in the pro-
cess and can be recovered in the final product stream even
when high recovery rates are applied in the other stage. An
equivalent reasoning can explain the low process yields
when the recovery rate of the initial stage is 0.9 indistinctly
of the final stage operation conditions. The prevalence of
one stage does not occur in the case of product purity. For
this parameter, both stages are relevant and high recovery
rates in both of them are necessary to obtain high purity.

The situation that uses the highest total membrane area
(more than 120 m2) is the one corresponding to the recovery
rate values of 0.1 in Stage 0 and 0.9 in Stage 1Rs. The mini-
mum recovery rate in the initial stage implies a high-flow
retentate stream going to the second stage, and the maximum
value in this latter stage produces a high-flow recirculation
stream returning to the process. This way the high surface
required by the second stage is justified by the combination
of high-flow feed and permeate streams while the initial
stage shows two counterbalancing effects: low recovery rate
but high-flow feed stream as consequence of the recirculated
stream. The opposite situation (lowest membrane area) coin-
cides with the maximum process yield case, that is, mini-
mum recovery rates in both stages and the consequent low
membrane area, which can be enough to obtain low-flow
permeate streams. A very insensitive zone can be found in
the corresponding graph (Figure 10c) when the recovery rate
in the final stage is 0.5. Under this condition, the value taken
in the initial stage becomes unimportant as the total mem-
brane area is maintained constant with a value very close to
25 m2.

The CF was the last parameter investigated and it was
found that its behavior is quite similar to the one of product
purity, as its maximum value (48) is attained for the maxi-
mum recovery rates in both stages.

Comparison of three-stage cascades under multistage
and dual continuous configurations

The dual cascade configuration requires at least three
stages to be possible, so a comparison between a classical

Figure 8. Pareto set of solutions including the product
purity and the process yield for a single-
stage process.

Figure 9. Two-stage cascade under multistage
configuration.
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multistage cascade and a dual cascade (both of them com-
prising three stages) was carried out. Figure 11 shows the
scheme of the multistage cascade, whereas the dual cascade
is a particular case of the general scheme depicted in Figure
1 that results from consideration of an only module in each
section (Stages 0, 1Ps, and 1Rs).

Once again, a sensitivity analysis was carried out to study
the influence of the recovery rates of the different stages
over the whole system performance. The applied pressures in
every stage were maintained constant at 20 bar, whereas the
values of the recovery rates were modified in the range
between 0.1 and 0.9. As in this case there are three variables
to investigate, it was decided to change the values of the
extreme stages (Stages 0 and 2Rs for the case of the multi-
stage cascade and Stages 1Ps and 1Rs for the dual cascade)
for three different values (0.1, 0.5, and 0.9) of the recovery
rate of the central stage (Stage 1Rs for the multistage config-
uration and Stage 0 for the dual configuration).

The evolution of the product purity can be observed in
Figure 12. As expected, maximum purities correspond to
maximum recovery rates, but great differences can be found
between the configurations. The maximum achievable purity

is obtained by the multistage cascade (93%), whereas the
dual cascade can only attain a maximum value of 81%. The
Stage 0 of the dual configuration is greatly important, as a
low recovery rate in this stage implies low purity, which
cannot be improved too much by the decisions taken about
the other stages. Nevertheless, the multistage cascade has
more potential to get better purity values after a low recov-
ery rate in the feed stage by applying high recovery rates in
the rest of the cascade.

The results about the process yield are contrary to those
obtained for product purity and it can be seen in Figure 13.
The maximum process yield is obtained by the dual cascade
when works at the minimum recovery rates. Even the lowest
process yield that can be found for the dual configuration is
higher than 75% (corresponding to the maximum product
purity situation). The maximum product purity result
obtained by the multistage cascade at maximum recovery
rates has to suffer a lower yield (below 50%).

To get more easily comparable results, it was decided to
obtain the Pareto frontier that includes the product purity
and the process yield for both configurations as it can be
observed in Figure 14. It was decided to graph also the Par-
eto obtained for a single-stage process and the one corre-
sponding to the two-stage configuration.

It is clear that the main advantage of the dual cascade is
the upper yield it can achieve. For a particular product
purity, the process yield is always higher when a dual cas-
cade is used instead of a multistage cascade. This fact is lim-
ited to a purity value of 85%, as the dual cascade is very
close to its upper limit and, for these cases, the multistage
configuration should be preferred. When focusing on the
multistage cascades, the addition of stages represents a great
improvement of product purity, but it is very limited to
improve the process yield.

The influence of the recovery rates over the resting param-
eters total membrane area and CF is depicted in Figures 15

Figure 10. Evolution of the product purity (a), product yield (b), total membrane area (c), and CF (d) as function of
the recovery rates for a two-stage process.

Figure 11. Three-stage cascade under multistage
configuration.
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and 16, respectively. In relation with the membrane area, it
was found that both configurations have quite similar
requirements and trends for this resource. If the maximum
purity situation is taken as an example, the multistage cas-
cade requires about 30 m2 of membrane, whereas the dual
cascade requires about 50 m2.

The multistage cascade shows an apparent superiority
above the dual configuration in another field that can be added
to product purity: the CF. The multistage system is able to
achieve a CF very close to 400, whereas the dual cascade can
attain a factor of 63 (it is about the seventh part of the multi-
stage value). These values have to be taken into account to
consider that both types of cascades could be useful to con-
centrate solute present in very diluted streams. However, this
fact may have some disadvantages related to the precipitation
of solids as a consequence of the saturation of the streams
above the corresponding solubility limits, or the appearance of
new liquid phases when managing liquid solutes.

Dual cascades comprising four and five stages

To search the options of the dual cascades performance
that combine product purity and process yield in a better

way, further advances in the analysis of this type of cascades
were performed. Figure 17 shows the Pareto frontiers for the
dual cascades comprising four and five stages, where it is
observed that values of purity and yield of nearly 100% can
be achieved.

For the case of the four-stage cascade, the configuration
that includes two stages in the retentate side and one stage
in the permeate side (2R1P), and the cascade that includes
only a stage in the retentate side and two stages in the per-
meate side (1R2P) were taken under consideration. Two dif-
ferent configurations of five-stage cascades were considered:
the one including three stages in the retentate side (3R1P)
and a unique stage in the permeate side, and the one com-
bining two stages in each side (2R2P). The five-stage inte-
grating one stage in the retentate side and three stages in the
permeate side (1R3P) was discarded as it is not pointed to
the purification of the most retained solute. The obtained
results were also compared with the simplest dual cascade
composed by three stages.

The comparison between both four-stage cascades shows
the advantages of choosing the 2R1P configuration. This
scheme implies a higher maximum purity, while the maximum

Figure 12. Evolution of the product purity for the three-stage multistage (a) and dual (b) cascades.

Numerical indexes indicate the value of the central recovery rate: 0.1 (1), 0.5 (2), and 0.9 (3).
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purity achievable by the 1R2P configuration is quite close to
the one achievable by the three-stage cascade. The 1R2P cas-
cade is able to improve the results of the 2R1P configuration

only for product purity values lower 80%, as it can get the
same purity with a higher process yield.

The results of the five-stage cascades are quite similar. As
it could be expected, the 3R1P configuration is a bit more
effective for high product purity, but the 2R2P configuration
can be more adequate to increase the process yield.

Optimal dual cascades: economic evaluation

An optimization problem was proposed to be able to quan-
tify the differences in the cascades performance in economic
terms. By implementation of the proposed simulation model,
the behavior of the membrane cascades for continuous oper-
ation can be studied, and the corresponding economic trends
can be investigated. The optimum operation conditions that
would minimize the TC of the process can be obtained in a
easy way by applying an optimization routine.68

The TC, defined by Eq. 25, were chosen as the formulated
objective function to minimize. All the model variables have
been expressed in terms of the operation variables (recovery
rates and applied pressures). The constraints for these inde-
pendent variables have been set as gathered in Table 3. The

Figure 13. Evolution of the process yield for the three-stage multistage (a) and dual (b) cascades.

Numerical indexes indicate the value of the central recovery rate: 0.1 (1), 0.5 (2), and 0.9 (3).

Figure 14. Pareto set of solutions including the product
purity and the process yield for several pro-
cess configurations.
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valid interval of the recovery rate was defined from 0.1 to
0.9 taking into account that recovery rates close to 1 may
cause problems of polarization, and recovery rate values
close to 0 imply very high concentrations of solutes in the
retentate stream. Related to the pressure range, it has been
chosen to operate under safe conditions taking into account
the maximum pressure recommended by the membrane man-
ufacturers. Another constraint was added to include the prod-
uct specifications. In this case, product purity was considered
the limiting factor, so a minimum value that must be
achieved has to be fixed (90% purity was selected).

The feed conditions that were proposed for the simulation
cases (that is, 1 m3/h with solute concentrations of 25 and
75 ppm for Compounds A and I, respectively) were also
assumed for this optimization problem. Information about
the values for all the parameters appearing in the economic
model can be observed in Table 4. The lifetime of the mem-
brane was assumed to be 2 years, whereas the rest of the
installation was designed to last for 10 years. The price of
the Organic Solvent Nanofiltration (OSN) membranes is
located within the range proposed by other authors.4,36 The

Compound A price is 1600$/kg, so it was assumed that the
lost chemical cannot be so valuable as it is not in a purified
form. This way, half of the price of the pure compound was
assigned as chemical loss cost.

GAMS software was selected as optimization tool to man-
age the resulted nonlinear programming model using CON-
OPT3 solver.

The technical aspects of the optimization of the most inter-
esting configurations of dual membrane cascades (2R1P,
3R1P, and 2R2P) are compared in Table 5, and the corre-
sponding economic results appear in Table 6. The 3R1P cas-
cade gives the best economic results as it is characterized by
the minimum TC among all the options, but the 2R1P is
really close (only 3 $/d of difference between both configura-
tions). This scarce margin can be explained by the lower OC
of a five-stage cascade when compared with a four-stage one,
this latter implying higher chemical losses (73.6% process
yield vs. 73.9% for the five-stage case) and more flow in the
residual stream that has to be treated. The lower CC required
by the four stages as consequence of less total membrane area
cannot compensate the additional OC. The other proposed

Figure 15. Evolution of the total membrane area for the three-stage multistage (a) and dual (b) cascades.

Numerical indexes indicate the value of the central recovery rate: 0.1 (1), 0.5 (2), and 0.9 (3).
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cascade is not so far: the difference is 656 $/d when com-
pared to the optimal result, which represents an increase of
the total cost lower than 4%. In this case, the 2R2P cascade

shows the highest process yield (a value of 85.8%) and it can
reduce the operating costs mainly because of this reduction of
the chemical loss, but at expenses of the highest CC caused
by the necessity of higher membrane area.

As it is observed from the optimization results, the main
cost of the process is the treatment of the residual stream
leaving the system. It represents as much as 90% of the TC
for the optimal 3R1P situation and more than 85% for the
2R2P cascade, which is the one with the lowest contribution.
It is clear that this process can only be considered as a via-
ble option when the solvent recovery from the residual
stream leaving the system is incorporated.

A brief commentary about the optimal operation condi-
tions is presented. The applied pressures tend to take the

Figure 16. Evolution of the CF for the three-stage multistage (a) and dual (b) cascades.

Numerical indexes indicate the value of the central recovery rate: 0.1 (1), 0.5 (2), and 0.9 (3).

Figure 17. Pareto set of solutions including the product
purity and the process yield for dual cas-
cades composed by three, four, and five
stages.

Table 3. Optimization Problem Formulation

Objective Function TC in Eq. (X)

Optimization target Minimize
Independent variables Rec(i), DP(i)
Constraints to independent variables 0.1<Rec(i)< 0.9

5 bar<DP(i)< 20 bar
Other constraints Purity> 90%
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maximum value that has been fixed (only the 2Ps stage in
the 2R2P cascade works at a pressure different from 20 bar,
but it is very close as its value is 19.6 bar) even when the
stages work at high recovery rates inspite of the fact that the
single-stage simulations demonstrated the option to reach
higher purity values by applying lower pressures. With
respect to the recovery rates, their optimal values depend on
the position of the stage. The feed stage and all the stages in
the permeate side of the cascade work at the maximum
allowed recovery rate, but the stages in the retentate side
takes value below the upper limit: the farther away from the
feed stage, the lower the optimal recovery rate.

The influence of the desired product purity over the per-
formance of the two most competitive cascades (2R1P and
3R1P) was analyzed. In this case, the product purity con-
straint was modified to increase the required product purity
to a value of 95%. The main optimization results (technical
aspects and economic terms) are shown in Tables 7 and 8,
respectively.

As expected, an increase in the demanded purity involves
higher TC, but this rise is smaller for the five-stage configu-
ration (less than a 5% increase while the four-stage cascade
suffers a 7% rise). This difference between the TC demon-
strated that the four-stage cascade has greater difficulties to
compete with the five-stage configuration when more exigent
purity requirements are imposed, mainly because of the
lower process yield that entails larger amount of chemical

loss. Moreover, the necessity of high recovery rates (all the
stages in the 2R1P cascade need 0.9 recovery rates) implies
larger membrane area, and although having one stage more,
the five-stage cascade can work with a lower total membrane
area and the consequent lower CC.

Optimal dual cascades with solvent recovery:
configurations and economic evaluation

As it was mentioned in the previous section, the economic
considerations of this process force to take into account the
recovery of the great amount of solvent that leaves the sys-
tem by the permeate side of the cascade. Organic solvents
usage efficiency in the pharmaceutical industry has much
room for improvement, and increasing solvent recovery and
recycling rates have to be part of the implemented optimal
strategies to reduce solvent wastage.15

In this case, the installation of a solvent resistant reverse
osmosis unit after the last stage of the permeate side of the
cascade was designed according to the scheme seen in Fig-
ure 18. The performance of this reverse osmosis stage is
characterized by a lower solvent permeation when compared
with the nanofiltration membranes (45% reduction in terms
of the membrane permeability) and a higher retention of
both solutes (the value of the rejection coefficients for both
solutes is 0.995 at 35 bar). This way, the stream leaving the

Table 4. Economic Model Parameters

Parameter Unit Value

LTmemb d 730
LTinst d 3650
Ymemb $/m2 2000
Ysal $/h 10
Yelec $/kWh 0.08
Yloss $/kg 800
Ywaste $/m3 670
g 0.70

Table 5. Optimization Technical Results

Four Stages
(2R1P)

Five Stages
(3R1P)

Five Stages
(2R2P)

Recovery rates
Rec0 0.90 0.90 0.90
Rec1Rs 0.87 0.84 0.86
Rec2Rs 0.77 0.70 0.75
Rec3Rs 0.42
Rec1Ps 0.90 0.90 0.90
Rec2Ps 0.90

Applied pressures (bar)
DP0 20.0 20.0 20.0
DP1Rs 20.0 20.0 20.0
DP2Rs 20.0 20.0 20.0
DP3Rs 20.0
DP1Ps 20.0 20.0 20.0
DP2Ps 19.6

Membrane area (m2)
A0 28.3 28.3 28.6
A1Rs 3.0 3.0 3.0
A2Rs 0.4 0.5 0.4
A3Rs 0.1
A1Ps 25.5 25.5 28.3
A2Ps 25.5

Product purity (%) 90.0 90.0 90.0
Process yield (%) 73.6 73.9 85.8
CF 178 164 171

Table 6. Economic Breakdown of the Optimal Cascades

Costs ($/d)
Four Stages

(2R1P)
Five Stages

(3R1P)
Five Stages

(2R2P)

TC 17,832 17,829 18,485
CC 1379 1383 2068
CCmemb 157 157 235
CCinst 1222 1226 1833
OC 16,452 16,446 16,416
OCen 4 4 6
OClab 240 240 240
OCm 69 69 103
OCloss 127 125 68
OCwaste 16,013 16,008 15,999

Table 7. Optimization Technical Results for More Exigent

Purity Requirement

Four Stages
(2R1P)

Four Stages
(2R1P)

Five Stages
(3R1P)

Five Stages
(3R1P)

90% Purity 95% Purity 90% Purity 95% Purity

Recovery rates
Rec0 0.90 0.90 0.90 0.90
Rec1Rs 0.87 0.90 0.84 0.84
Rec2Rs 0.77 0.90 0.70 0.76
Rec3Rs 0.42 0.68
Rec1Ps 0.90 0.90 0.90 0.90

Applied pressures
DP0 20.0 20.0 20.0 20.0
DP1Rs 20.0 20.0 20.0 20.0
DP2Rs 20.0 6.0 20.0 20.0
DP3Rs 20.0 20.0
DP1Ps 20.0 20.0 20.0 20.0

Membrane area
A0 28.3 28.4 28.3 28.4
A1Rs 3.0 3.1 3.0 3.1
A2Rs 0.4 1.0 0.5 0.3
A3Rs 0.1 0.1
A1Ps 25.5 25.6 25.5 25.6

Product purity 90.0 95.0 90.0 95.0
Process yield 73.6 70.2 73.9 72.2
CF 178 518 164 576
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permeate side of the cascade can be purified to recover sol-
vent with very low solute content. A new process parameter
(called recovery) can be defined to evaluate the amount of
solvent that is recovered

Recovery 5100
Qsolv

F
(37)

The inclusion of the solvent recovery stage implies some
modifications of the proposed economic model. The stream
that has to be treated as waste changes, and in this situation,
it is the one that leaves the reverse osmosis unit as retentate

OCwaste5 Q waste�Y waste (38)

Moreover, a new stream has to be taken under considera-
tion: the permeate of the reverse osmosis unit is a valuable
stream of recovered solvent and it brings a money save as
its recycling allows a decrease in the solvent consumption of
the whole downstreaming process

Csolv 5 Qsolv �Ysolv (39)

where Csolv is the money save attributable to the recovered
solvent, and Ysolv is the price of the solvent (in this case 250
$/m3). To contrast this new money save to the TC of the

process, it was decided to define the economic profit Z as
the difference between these two terms

Z5Csolv 2TC (40)

The economic profit was considered as the maximization
target for the optimization of the installations with integra-
tion of solvent recovery. The applied pressure in the reverse
osmosis unit was not subject to optimization, and the maxi-
mum allowed value, that is 35 bar, was fixed.

The required product purity was imposed to be at least
95%, as it was demonstrated previously, the increase from
90 to 95% does not imply excessive extra costs for the 2R1P
and 3R1P cascades. New constraints expressed as solute lim-
its were included to control the quality of the recovered sol-
vent. The optimization results that correspond to the case
that limits the maximum solute concentration in the recov-
ered solvent to 40 ppb are shown in Tables 9 and 10 for the
technical aspects and economic terms, respectively.

Tables 9 and 10 also include the results for cases with
lower solute limits for the solvent (2 and 1 ppb), but these
situations cannot be achieved by a unique reverse osmosis
unit, so a second unit was added in series with the previous
one as shown in Figure 19. The joint of these two stages
including the recirculation between them can be considered
as a two-stage multipass cascade, and more stages following
this configuration could be added to attain higher solvent
quality.

The analysis of the process recoveries shows that, even
for the most exigent conditions, more than 80% of the sol-
vent that enters the process can be recovered, with a value
very close to 90% for the least strict situation. The solvent
recovery stages do not produce important interferences over
the rest of the cascade as similar process yields are obtained
(only a reduction of 0.2% for the 3R1P cascade when incor-
porates two reverse osmosis units can be identified). The fact
that the operation conditions of the optimal cascades incor-
porating the solvent recovery system are not too different
from the ones obtained without the solvent recovery confirms
that the consideration of solvent recovery does not imply
technical disadvantages.

Table 8. Economic Breakdown of the Optimal Cascades for

more Exigent Purity Requirement

Costs
($/d)

Four Stages
(2R1P)

Four Stages
(2R1P)

Five Stages
(3R1P)

Five Stages
(3R1P)

90% Purity 95% Purity 90% Purity 95% Purity

TC 17,832 17,916 17,829 17,892
CC 1379 1401 1383 1385
CCmemb 157 159 157 157
CCinst 1222 1242 1226 1228
OC 16,452 16,515 16,446 16,506
OCen 4 4 4 4
OClab 240 240 240 240
OCm 69 70 69 69
OCloss 127 143 125 134
OCwaste 16,013 16,058 16,008 16,060

Figure 18. General scheme of a dual membrane cascade including one stage for solvent recovery.
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The economic aspects of the solvent recovery are more
significant. The decrease in the flow of the stream to be
treated suppose a great decrease in the TC of the system: the
reduction ranges from 64 to 77% for both cascades depend-
ing on the required solvent quality (solute limits of 1 ppb
and 40 ppb, respectively). This way, it is clear that the influ-
ence over the waste treatment costs compensates the higher

membrane area required by the additional stages (the price
and lifetime of the reverse osmosis membranes were
assumed equal to the ones of the nanofiltration membranes).
However, the most decisive economic aspect is the save in
raw solvent that can be achieved by recycling the recovered
stream. This way, the cascade can obtain a positive eco-
nomic profit when the quality requirements imposed to the
solvent are not too exigent (limit concentrations higher than
1 ppb), as the solvent save can recompense the TC of the
installations.

Conclusions

Multiple configurations of organic solvent nanofiltration
membrane cascades can be considered and the final estab-
lishment of each design would depend on the specific separa-
tion targets. In this article, the configurations analyzed for
the proposed separation process were the multistage cascades
up to three stages, and the dual membrane cascades compris-
ing multistage and multipass sections up to five stages in
total.

Table 9. Optimization Technical Results for Solvent

Recovery

Four Stages (2R1P) Five Stages (3R1P)

Limit for the
recovered
solvent (ppb)

40 2 1 40 2 1

Recovery rates
Rec0 0.90 0.90 0.90 0.90 0.90 0.90
Rec1Rs 0.90 0.90 0.90 0.90 0.90 0.90
Rec2Rs 0.90 0.90 0.90 0.62 0.68 0.90
Rec3Rs 0.86 0.10 0.27
Rec1Ps 0.90 0.90 0.90 0.90 0.90 0.90
Rec1RO 0.90 0.90 0.90 0.90 0.90 0.90
Rec2RO 0.90 0.49 0.90 0.49

Applied pressures
DP0 20.0 20.0 20.0 20.0 20.0 20.0
DP1Rs 20.0 20.0 20.0 20.0 20.0 20.0
DP2Rs 6.0 6.0 6.0 20.0 20.0 20.0
DP3Rs 20.0 20.0 20.0
DP1Ps 20.0 20.0 20.0 20.0 20.0 20.0
DP1RO 35.0 35.0 35.0 35.0 35.0 35.0
DP2RO 35.0 35.0 35.0 35.0

Membrane area
A0 28.4 28.4 28.4 28.4 28.4 28.4
A1Rs 3.1 3.1 3.1 3.1 3.1 3.1
A2Rs 1.0 1.0 1.0 0.3 0.3 0.3
A3Rs 0.2 0.1 0.1
A1Ps 25.6 25.6 25.6 25.6 25.6 25.6
A1RO 23.9 26.3 44.5 23.9 26.3 44.5
A2RO 23.6 21.6 23.6 21.6

Product purity 95.0 95.0 95.0 95.0 95.0 95.0
Process yield 70.2 70.2 70.2 72.8 72.0 72.0
CF 518 518 518 674 707 707
Recovery 89.9 88.9 81.3 89.9 88.9 81.3

Table 10. Economic Breakdown of the Optimal Cascades for

Solvent Recovery

Costs ($/d) Four Stages (2R1P) Five Stages (3R1P)

Limit for the
recovered
solvent (ppb)

40 2 1 40 2 1

TC 4071 4891 6532 4046 4866 6505
CC 1977 2604 2995 1964 2588 2978
CCmemb 225 296 340 223 294 338
CCINST 1752 2308 2654 1741 2293 2640
OC 2094 2287 3537 2081 2277 3526
OCen 6 9 13 6 9 13
OClab 240 240 240 240 240 240
OCm 99 130 150 98 129 149
OCloss 143 143 143 131 134 134
OCwaste 1606 1765 2991 1606 1765 2990
Csolv 5393 5333 4876 5394 5335 4878
Z 1322 442 21656 1348 469 21627

Figure 19. General scheme of a dual membrane cascade including two stages for solvent recovery.
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A simulation model based on the equations for solvent
and solute transport through the membranes and the mass
balances (overall and by components) was formulated to rep-
resent the process (membrane modules and mixers), and
some sensitivity analyses were performed to evaluate the
performance of the systems.

The Pareto diagrams were used to interrelate the two main
variables for the production process: the purity of the desired
product and the process yield. From the Pareto set of solu-
tions, the scenarios to maximize both variables were identi-
fied, and the obtained results for the dual cascades
comprising four and five stages show the points where the
maximum values, nearly 100%, can be achieved for the
product purity and the process yield.

The economic evaluation of different configurations was
also performed. The TC were chosen as the formulated
objective function to minimize in the economic optimization
strategy, with the operation variables (recovery rates and
pressures) as independent variables and under the considera-
tion of product specifications (product purity) as restrictions.
As it is observed from the optimization results, the main cost
of the process is the treatment of the residual stream leaving
the system. It represents more than 85% for the dual cas-
cades. It is pointed out that this process can only be consid-
ered as a viable option when the solvent recovery from the
residual stream leaving the system is incorporated.

For the solvent recovery, reverse osmosis modules were
added to the last stage of the permeate side of the dual cas-
cades of four and five stages. The inclusion of the solvent
recovery system implied some modifications of the proposed
economic model in the objective function, and new con-
straints expressed as solute limits to control the quality of
the recovered solvent. The reduction of the TC of the con-
sidered systems was significant: 64–77% depending on the
required solvent quality (1 and 40 ppb, respectively).The sol-
vent recovery influence over the waste treatment costs com-
pensates the higher membrane area required for the
installation when the additional recovery unit is included for
solvent recovery.

Acknowledgments

This research has been financially supported by the Minis-
try of Science and Innovation of Spain (MICINN) through
the projects CTQ2010-16608 and ENE2010-14828

Notation

A = membrane area, m2

CC = capital costs, $/d
CCinst = capital costs attributable to installation, $/d

CCmemb = capital costs attributable to membranes, $/d
CF = concentration factor

cFsol = solute concentration on the feed stream, ppm
cPsol = solute concentration on the permeate stream, ppm
cRsol = solute concentration on the retentate stream, ppm
Csolv = save due to solvent recovery, $/d

F = feed stream flow, m3/d
(CS)ln = logarithmic average solute concentration across the mem-

brane, mol/m3

Jsol = flux of the solute due to the gradient of chemical potential,
mol/m2 d

JV = permeate flux, m/d
Kmemb = ratio membrane capital costs to total capital costs

LP = hydraulic permeability coefficient, m/d bar
LTinst = installation lifetime, d

LTmemb = membrane lifetime, d
OC = operation costs, $/d

OCen = energy costs, $/d
OClab = labor costs, $/d
OCloss = chemical losses costs, $/d

OCm = maintenance costs, $/d
OCwaste = waste treatment costs, $/d

P = permeate stream flow, m3/d
Qsolv = flux of recovered solvent, m3/d

Qwaste = flux of waste stream after solvent recovery, m3/d
R = retentate stream flow, m3/d

Rsol = solute rejection coefficient
Rec = stage recovery rate
TC = total costs, $/d

Yelec = electricity price, $/kWh
Yloss = lost chemical price, $/kg

Ymemb = price of solvent resistant membranes, $/m2

Ysal = salary, $/h
Ysolv = solvent price, $/m3

Ywaste = waste treatment cost, $/m3

Z = economic profit, $/d

Greek letters

DCsol = solute concentration difference across the membrane, mol/m3

DP = pressure difference across the membrane, bar
g = pump efficiency

rsol = solute reflection coefficient
xsol = modified coefficient of solute permeability, m/d

Subscripts

Ps = permeate section of the dual cascade
Rs = retentate section of the dual cascade
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